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Gas plant retrofittingAbstract It is known that the price of liquefied petroleum gas (LPG) is higher than that of natural
gas from which it is derived. So the modification of a natural gas plant to produce LPG instead of
lighter hydrocarbon gases is very important in the view point of economics. The aim of the present
work is directed to the modification of Salam gas plant (Khalda Petroleum Company-Egypt) to
produce LPG from the NGL instead of producing hydrocarbon gases during the NGL stabilization.
This can be achieved after adding de-ethanizer and de-butanizer towers. The simulation tool used in
this study is HYSYS version 8.4. The produced LPG of 100 ton/day can participate to solve the
LPG shortage problem in Egypt and provide a national service to the people of Matruh Gover-
norate. The economic study based on the economic analyzer of HYSIS showed that the pay-
back period of the added two towers and their additional equipment has a high investment strength
which means that all modification costs will be recovered within a short time. Furthermore, there
are other benefits from this modification. The simulation results showed that there is a capacity sav-
ing of 56 tons/day in the export pipeline which transfers the gases to western desert gas complex
(WDGC) at Alexandria. In the same manner, the modified plant provides a capacity saving of
88 tons/day in the dehydration unit and reduces horse power consumption in recycle and first stage
export compressors. This modification can be taken as guidelines for both new and plants in oper-
ation to increase their profits.
 2015 The Authors. Production and hosting by Elsevier B.V. on behalf of Egyptian Petroleum Research
Institute. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/
licenses/by-nc-nd/4.0/).1. Introduction
Natural gas obtained from gas or oil wells is a mixture of many
hydrocarbon gases and some non-hydrocarbon gases, mainly
hydrogen sulfide, carbon dioxide, nitrogen, and water vapor.
These non-hydrocarbon gases are normally removed from
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to meet a target level based on pipeline or processing contract
terms. After purification (sweetening and dehydration), most
of natural gas is ready for natural gas liquid recovery [1,2].
The recovery of light hydrocarbon liquids from natural gas
streams can range from simple dew point control to deep
ethane extraction. The desired degree of liquid recovery has
a profound effect on process selection, complexity, and cost
of the processing facility. The gas composition has a major
impact on the economics of NGL recovery and the process
selection. In general, gas with a greater quantity of liquefiable
hydrocarbons produces a greater quantity of products and
hence greater revenues for the gas processing facility. Richer
gas also entails larger refrigeration duties, larger heat exchange
surfaces and higher capital cost for a given recovery efficiency.
Leaner gases generally require more severe processing
conditions (lower temperatures) to achieve high recovery
efficiencies [3].
Propane plus (C3
+) recovery implies the recovery of pro-
pane and heavier hydrocarbons from natural gas, whereby it
is expected that ethane and methane are rejected. The recovery
is achieved using gas processing plants, namely absorption and
cryogenic plants [3]. A non-cryogenic absorption plant gener-
ally consists of two columns: the first is used to absorb the
C3
+ components from the gas stream into oil absorbent, while
the second column is used to regenerate the absorbent, thus
obtaining C3
+ components as top product and lean solvent
as bottom product [4,5].
Cryogenic plants operate at temperatures below 100 F:
when the gas is chilled to this temperature, most of the ethane
and practically all the propane and heavier hydrocarbons liq-
uefy. The liquid formed can then be separated by a series of
fractionating towers into pure components or mixture frac-
tions. Absorption plant can get a propane recovery ranging
from 70% to 90%, and an ethane recovery in the range
20–40%, while higher values can be obtained in cryogenic
plants (propane recovery: 90–98%, ethane recovery:
60–90%). Moreover, cryogenic plants have less process equip-
ment and no absorber or still, but they have more mechanical
pieces of equipment (gas expander and compressors) than an
oil absorption plant. Thus, the cryogenic process is generally
recognized to be the most economic means for recovering a
high percentage of propane and heavier hydrocarbon from
natural gas [3,6,7].
Refrigeration technique is more common for NGL recov-
ery from gas streams. The recovered fractions are fraction-
ated to get the desired products [8–10].This technique is
applied in 4 forms: Mechanical refrigeration, Expansion
across a valve, Expansion across turbine, and Absorption
Refrigeration [11]. Mechanical refrigeration is used to
remove heavy hydrocarbon components and reduce the gas
dew point. The gas pressure is generally maintained through
the process allowing for equipment pressure drops. The gas
is heat exchanged and then cooled by the refrigeration chiller
to a specified temperature. Liquid is separated in the cold
separator. The temperature of the separator is set to provide
the desired dew point margin [12–15]. The expansion across a
valve technique is based on the use of the Joule–Thomson
(J–T) effect to recover liquids which is an attractive alterna-
tive in many applications. The J–T process does offer some
advantages over the turbo expander and refrigeration
processes in some situations [16,17].The process which dominates ethane recovery facility
design is the turbo expander process. This process uses the feed
gas pressure to produce needed refrigeration by expansion
across a turbine (turbo expander). The turbo expander recov-
ers useful work from this gas expansion. Because the expan-
sion is near isentropic, the turbo expander lowers the gas
temperature drop significantly more than expansion across a
J–T valve [18–21]. In areas where there is low cost natural
gas, where a low level heat source is available, or where electri-
cal rates have risen dramatically, absorption refrigeration may
be an economical way to attain modest temperature level
refrigeration. In circumstances where unused boiler capacity
is available in summer months, absorption units can be utilized
to produce refrigeration [22,23]. Twister is a new technology
uses a supersonic nozzle in which the pressure is reduced and
liquid is formed. The supersonic stream is then passed across
vanes which swirl the stream. This centrifugal motion forces
the liquid to the wall where it is drained from the apparatus.
The vapor is then expanded in a diffuser nozzle and recovers
70–80% of the initial pressure [24].2. Salam gas plant process description
Fig. 1 illustrates the Salam gas plant flow diagram before the
application of the considered modifications which can be
described as in the following paragraphs [25]. Gas from Qasr
field processing facilities is first separated in a slug catcher.
Vapor and liquid streams from the slug catcher is routed to
the two identical trains 3 and 4. The separated gas from the
slug catcher is directed to the manifold then to inlet separators
whilst the condensate is directed to a stabilizer.
Gas from the inlet separator and from the recycle compres-
sor discharge cooler are combined and sent to the mercury
removal system. Mercury removal vessel reduces the mercury
content from 270 lgm/Std. m3 at the inlet to 10 nano
gram/m3 at the outlet. Wet gas enters the glycol contactor at
the bottom and flows up through the column packing which
permits intimate contact with tri ethylene glycol which is flow-
ing down through the packing. The water vapor in the gas is
removed through absorption by tri ethylene glycol to avoid
hydrate formation in the downstream equipment. The existing
overhead gas is relatively dry (2 lb water/MMSCF) and leaves
the contactor at a temperature and pressure of 55.2 C and
68.4 barg respectively.
The dehydrated gas goes for dew point treatment. Satu-
rated gas at a temperature of 48 C and a pressure of 67.7 barg
flows into the Gas/Gas/NGL exchanger. It is cooled to 21 C
by counter current flow against cold gas from low temperature
separator, which has a temperature of 0.2 C and the cold
NGL condensate stream. The compressor receives gas from
the gas/condensate exchanger, pressures it up from 44.3 to
54.3 barg, and sends it to the first stage of the export compres-
sor. From there it goes on to the gas sweetening section of the
plant where the carbon dioxide content is lowered from
around 9 to less than 3%.
The inlet to the second stage separator is a condensate
stream, which is a mixture of condensate from the inlet separa-
tor and the raw condensate from the slug catcher. The second
stage separator is a horizontal three phase separator that oper-
ates at 24.5 barg. The water from the boot is diverted to the
produced water degassing vessel via the interface level con-
Figure 1 Salam gas plant flow diagram before modification.
Table 1 Feed Stream Composition in mole fraction.
Component Condensate NGL Component Condensate NGL
H2O 0.0032 0.0000 n-C12 0.0336 0.0016
Nitrogen 0.0001 0.0001 n-C13 0.0378 0.0006
CO2 0.0324 0.0413 n-C14 0.0321 0.0000
Methane 0.0719 0.0792 n-C15 0.0243 0.0000
Ethane 0.0465 0.0841 n-C16 0.0189 0.0000
Propane 0.0505 0.1112 n-C17 0.0186 0.0000
i-Butane 0.0162 0.0397 n-C18 0.0151 0.0000
n-Butane 0.0364 0.0951 n-C19 0.0125 0.0000
i-Pentane 0.0202 0.0542 n-C20 0.0113 0.0000
n-Pentane 0.0247 0.0678 n-C21 0.0093 0.0000
n-Hexane 0.0445 0.1050 n-C22 0.0087 0.0000
Benzene 0.0114 0.0230 n-C23 0.0074 0.0000
n-Heptane 0.0672 0.1065 n-C24 0.0068 0.0000
Toluene 0.0292 0.0339 n-C25 0.0064 0.0000
n-Octane 0.0868 0.0761 n-C26 0.0055 0.0000
E-Benzene 0.0041 0.0255 n-C27 0.0048 0.0000
p-Xylene 0.0147 0.0074 n-C28 0.0042 0.0000
m-Xylene 0.0147 0.0074 n-C29 0.0035 0.0000
o-Xylene 0.0068 0.0032 n-C30 0.0029 0.0000
n-Nonane 0.0430 0.0195 Case 36 + 2* 0.0129 0.0000
1-Decene 0.0594 0.0136 TEGlycol 0.0000 0.0001
n-C11 0.0394 0.0038
Case36 + 2* is a Pseudo component has a molecular weight of 520 and standard density of 21.5 API.
Maximization of natural gas liquids production 335troller. Overhead gas from this separator flows to the recycle
compressor. The raw condensate produced is sent to
de-salter vessel. To mitigate the salting issue, the condensate
is sent to desalter to reduce the salt content and after that sent
to stabilizer unit to achieve the required vapor pressure [25].The proposed modification to the above described plant
aims to maximize the condensate production by producing
LPG. This can be achieved by adding a de-ethanizer and a
de-butanizer fractionating towers to replace the stabilizer unit
to separate LPG from the NGL and condensate out of the
Table 2 Design conditions for condensate and NGL streams
for each train.
Property Condensate NGL stream
Vapor fraction, % 0 0
Temperature, C 99 25
Pressure, barg 38.3 23.5
Molar flow, Kgmole/h 533.3 61.2
Mass flow, kg/h 70177.5 4137.4
Molecular weight 131.6 67.6
336 Ahmed Abd El-Kader Bhran et al.turbo expanders and desalters respectively without affecting
the operating condition of the plant. The produced LPG can
be used as housing fuel for Matrouh Governorate and then
partially solve the problem of shortage of housing fuel in
Egypt.
3. Results and discussion
The commercially available software ASPEN HYSYS version
8.4 was used in this work to model the gas plant under investi-
gation. The ping–Ropson equation of state has been used for
this purpose as it is claimed to be well suited for high-
pressure non-ideal system [26–30]. The feed stream composi-
tion of the plant is shown in Table 1, while Table 2 shows the
operating conditions for condensate and NGL streams in the
base case (Salam gas plant before modification). Fig. 2 shows
the simulated Process flow diagram for the modified case.
Condensate from desalter outlet for trains 3 and 4 are mixed
and cooled to 65 C in a heat exchanger after that enter theFigure 2 Process flow diagram side-ethanizer at tray number 1with flow rate, temperature and
pressure of 533.3 Kmole/hr, 99 C, and 38.3 barg respectively
(see Table 2). Also NGLs from the turbo expander for trains
3 and 4 are mixed and then enter the de-ethanizer at tray
number 2 with flow rate, temperature and pressure of
61 Kmole/hr, 25 C, and 23.5 barg respectively as presented in
Table 2.
3.1. De-ethanizer column simulation
The de-ethanizer column shown in Fig. 3 is used to separate
ethane at the top and propane and heavier hydrocarbons at
the bottom of this column. This tower is simulated as a
reboiled tower. The feed enters the tower as cold reflux. The
simulated de-ethanizer is obtained by using 18 trays and set-
ting 1% ethane recovery for the bottom product to ensure that
most of propane and heavier hydrocarbons will be separated in
the bottom. Using a number of trays higher than 18 will not
affect greatly on the degree of separation but a number of trays
lower than 18 will affect the degree of purity of the top and
bottom products. The tower bottom pressure and the differen-
tial pressure across the tower were chosen to be 23 and 0.5 barg
respectively. The simulated top and bottom streams conditions
are presented in Table 3. The chemical composition of the bot-
tom and top streams of the de-ethanizer is listed in Tables 4
and 5 respectively. The recovery of ethane as a top product
is 99% of the amount of ethane fed to the de-ethanizer.
The bottom of the de-ethanizer is sent to the cooler for
decreasing the temperature to 100 C before entering the debu-
tanizer to separate the C4 and lighter hydrocarbons as a top
product.mulation for the modified case.
Figure 3 Simulated process flow diagram of the suggested modification.
Table 3 Top and bottom streams conditions for the
de-ethanizer column.
Parameter Unit Top stream Bottom stream
Temperature C 69 272
Pressure Bar Gauge 22.5 23
Molar flow rate Kgmole/hr 205.8 958.3
Maximization of natural gas liquids production 3373.2. Debutanizer column simulation
The debutanizer column was simulated as a distillation column
with 25 trays and with a reflux of 100 Kgmole/hr at the top
and a reboiler at the bottom. By using a number of trays lowerTable 4 De-ethanizer bottom stream composition.
Component Mole fraction Component
H2O 0.00000 E-Benzene
Nitrogen 0.00000 p-Xylene
CO2 0.00000 m-Xylene
Methane 0.00000 o-Xylene
Ethane 0.00060 n-Nonane
Propane 0.05428 1-Decene
i-Butane 0.02011 n-C11
n-Butane 0.04679 n-C12
i-Pentane 0.02708 n-C13
n-Pentane 0.03351 n-C14
n-Hexane 0.05962 n-C15
Benzene 0.01487 n-C16
n-Heptane 0.08520 n-C17
Toluene 0.03573 n-C18
n-Octane 0.10407than 25, we obtained a fraction of heavy hydrocarbons with
the produced LPG as a top product of the added debutanizer.
The production of 4200 kg/hr of LPG was obtained by setting
the tower bottom pressure at 22.5 barg and the differential
pressure across the tower to be 0.5 barg. The simulated flow
rates and conditions of top and bottom streams are shown in
Table 6.
From the simulation results, LPG flow rate is 100.8 ton/day
which is sufficient for the quantity of LPG consumed in
Matruh Governorate. The composition of the bottom product
of the debutanizer is shown in Table 7 while LPG composition
as a top product is presented in Table 8. The recovery of LPG
as a top product is 66% of the amount of LPG fed to the debu-
tanizer. Table 9 presents the LPG standard specification of
Dahshour LPG Plant (Khalda Petroleum Company) and theMole fraction Component Mole fraction
0.00721 n-C19 0.01393
0.01708 n-C20 0.01251
0.01709 n-C21 0.01037
0.00790 n-C22 0.00965
0.04974 n-C23 0.00823
0.06732 n-C24 0.00752
0.04412 n-C25 0.00716
0.03752 n-C26 0.00609
0.04203 n-C27 0.00537
0.03571 n-C28 0.00465
0.02697 n-C29 0.00394
0.02101 n-C30 0.00322
0.02070 Case 36 + 2* 0.01430
0.01678 TEGlycol 0.00000
Table 6 Flow rates and conditions of top and bottom streams
of the de-butanizer.
Paramter Unit Top stream Bottom stream
Temperature C 94.3 315.2
Pressure barg 22 22.5
Molar flow rate Kmole/hr 100.77 874.2
Table 5 De-ethanizer top stream composition.
Component Mole fraction Component Mole fraction Component Mole fraction
H2O 0.01664 n-Pentane 0.00447 m-Xylene 0.00017
Nitrogen 0.00075 n-Hexane 0.00332 o-Xylene 0.00007
CO2 0.18775 Benzene 0.00084 n-Nonane 0.00026
Methane 0.41030 n-Heptane 0.00214 1-Decene 0.00017
Ethane 0.27834 Toluene 0.00086 n-C11 0.00005
Propane 0.06204 n-Octane 0.00119 n-C12 0.00002
i-Butane 0.00940 E-Benzene 0.00005 n-C13 0.00001
n-Butane 0.01648 p-Xylene 0.00017 TEGlycol 0.00007
i-Pentane 0.00445
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ification. It should be noted that some properties of the pro-
duced LPG such as volatility at evaporation of 95% and
degree of corrosion cannot be obtained by simulation and
must be determined practically in the laboratory. The vapour
pressure of the simulated LPG is available only at 37.8 C
while it is measured at 50 C for LPG produced from the Dah-
shour plant. From Table 9, it is clear that the produced LPG
conforms well to Dahshour LPG standard specifications as
an example of the Egyptian standard specification.
3.3. Cost estimation
Total capital and operating costs are obtained by using the
economic analyzer of Aspen HYSYS version 8.4. The eco-
nomic evaluation module develops both capital and utility
costs. The following costs have been considered for the calcu-
lation of the project capital cost [23]:Table 7 Debutanizer bottom product composition.
Component Mole fraction Component
H2O 0.00000 E-Benzene
Nitrogen 0.00000 p-Xylene
CO2 0.00000 m-Xylene
Methane 0.00000 o-Xylene
Ethane 0.00000 n-Nonane
Propane 0.00001 1-Decene
i-Butane 0.00459 n-C11
n-Butane 0.03568 n-C12
i-Pentane 0.02866 n-C13
n-Pentane 0.03578 n-C14
n-Hexane 0.06488 n-C15
Benzene 0.01619 n-C16
n-Heptane 0.09318 n-C17
Toluene 0.03909 n-C18
n-Octane 0.11400A- Direct costs which refer to material and labor costs for
equipment, piping, civil, structural steel, instrumenta-
tion and controls, electrical equipment and materials,
insulation and paint.
B- Indirect field costs such as engineering and supervision,
start-up and commissioning, construction expenses,
fringe benefits, burdens, insurance, scaffolding, equip-
ment rental, field services, temporary constructions, etc.
C- Indirect non-field costs as described below:
- Freight, taxes and permits, engineering (Basic engi-
neering, detailed engineering, and material
procurement).
- Contingency – allowances for unpredictable events.
- Other project costs such as general and administrative
expenses, contract fees, and home office expenses.
Utility Cost was determined by the economic module based
on the appropriate process utility fluids selected either by the
user or by the sizing expert from the list of 21 default utility
streams already present in the system. Once the utility
resources are selected, the utility cost for every utility resource
used in the project is determined during the operating cost
evaluation [23].
The calculated total capital and total operating costs
obtained by HYSYS economic module are 8,432,650 USD
and 1,787,420 USD/year respectively. So the total capital
investment can be calculated as in the following equation:Mole fraction Component Mole fraction
0.00790 n-C19 0.01527
0.01871 n-C20 0.01372
0.01872 n-C21 0.01136
0.00865 n-C22 0.01058
0.05451 n-C23 0.00903
0.07380 n-C24 0.00824
0.04836 n-C25 0.00785
0.04113 n-C26 0.00667
0.04608 n-C27 0.00589
0.03915 n-C28 0.00510
0.02956 n-C29 0.00432
0.02303 n-C30 0.00353
0.02269 Case 36 + 2* 0.01568
0.01840 TEGlycol 0.00000
Table 8 Debutanizer top product (LPG) composition.
Component Mole fraction Component Mole fraction
H2O 0.00000 Benzene 0.00116
Nitrogen 0.00000 n-Heptane 0.00227
CO2 0.00000 Toluene 0.00083
Methane 0.00000 n-Octane 0.00093
Ethane 0.00688 E-Benzene 0.00005
Propane 0.6179 p-Xylene 0.00012
i-Butane 0.18145 m-Xylene 0.00012
n-Butane 0.1625 o-Xylene 0.00005
i-Pentane 0.01064 n-Nonane 0.00016
n-Pentane 0.00988 1-Decene 0.00009
n-Hexane 0.00493 n-C11 0.00002
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þ Total operating cost
¼ 8; 432; 650þ 1; 787; 420
¼ 10; 220; 070 USD
The simulated gross heating values obtained by HYSIS
simulator for the produced gas is decreased from 1028 BTU/
MMSCF for the original plant to 1021 BTU/MMSCF for
the modified plant. This can be attributed to the reduction of
heavier hydrocarbons in the gas stream produced from the
de-ethanizer in the modified plant which is recovered as LPG
in the debutanizer. The gas selling price is 2.65 $/BTU which
is taken from Egyptian natural gas holding company.Table 9 Dahshour plant LPG and modified Salam plant LPG spec
Property Dahshour LPG St
Winter Sprin
C2%(Maximum) 5 5
C5% (Maximum) 3 5
Relative denisty@60/60 F (Optional) Record Recor
Vapour Pressure@ 50 C, kg/Cm2)Maximum) 12.8 11.5
Volatility @ Evaporation of 95% by Volume, C 4 8
Corrosion degree (Copper bar test) 1 1
Mercabtan %
(Minimum) 0.003 0.003
(Maximum) 0.008 0.008
H2S% – –
Total calorific value, kcal/kg)Minimum) 11,800 11,80
* Reid vapour pressure measured at 37.8 C.
** Not available.
Table 10 Revenues from original and modified plants for each trai
Production
Original plant Modified plant
LPG, Ton/day 0 50
Condensate, bbl./day 13,820 13,590
GAS, MMSCFD 99.99 99.51
Total revenues, $/day
Annual revenues, $/yearTable 10 shows the production rates of LPG, condensate,
and gas as well as the revenues from original and modified
plants for each train. So the added revenue to the plant after
modification for the two trains will equal to 13,465,925.7 $/
year. The saving in shipping cost for the modified plant was
calculated using the following equation which was taken from
the agreement of shipping:
Shipping cost
¼ 1:1epg:pound for each tonday per km of the pipeline lenght
¼ 1:1 56 ton day 365 days year 360 km
¼ 8094240 Egyptian pound year 
1,079,232 $/year
The return on investment (ROI) and payback period of the
modified plant is calculated according to the following
equations:
ROI¼Total annual income incrementannual increase in operating cost
Total capital investment
¼ 13465925:7þ 1079232 1787420
10220070
¼ 1:248
Pay back period ¼ 1
ROI
¼ 0:8013 year
It is clear that the modified plant has a reasonable ROI with a
very good payback period. This in turn, indicates improved
performance of the plant in terms of higher NGL and LPG
recovery with an enhanced overall economics.In addition to
the above mentioned benefits of the modified plant, there areifications.
andard specification Modified Salam plant LPG
g/Autumn Summer ASTM
5 0.062
10 4
d Record 1657 0.5367
11 1267 8.203*
17 1837 NA**
1 1838 NA**
0.003 IP Nil
0.008 272
– 2420 Nil
0 11,800 3588 14,149
n.
Selling price Revenue
Original plant Modified plant
800 $/Ton 0 40,000
80 $/bbl 1,105,600 1,087,200
2.65 $/BTU 272,392.76 269,239.23
1,377,992.76 1,396,439.23
502,967,356.7 509,700,319.5
Table 11 Power consumption of original and modified gas
plant compressors.
Compressor
type
Power consumption, Kwh Power saving,
Kwh
Original
plant
Modified
plant
Turbo
expander
1794.8 1792.4 2.4
1st stage export 3394 2998 396
1st stage
recycle
293 233.4 59.6
2nd stage
recycle
776 717 59.5
340 Ahmed Abd El-Kader Bhran et al.other benefits. The simulation results showed that there is a
capacity saving of 56 ton/day in the export pipeline which
transfers the gases to western desert gas complex (WDGC)
at Alexandria. In the same manner, the modified plant pro-
vides a capacity saving of 88 ton/day in the dehydration unit.
Furthermore, the horse power consumption in turbo expander,
recycle and first stage export compressors is reduced. The
reductions in horse power in Kwh (kilo watt hour) for these
compressors are listed in Table 11.
4. Conclusions
NGLs producing plants require continuous adaptation in pro-
cess technologies and suitable selection of operating conditions
in order to increase their profits. Thus, this research work aims
to produce LPG from Salam gas located in Egypt to increase
the production of valuable NGLs. This can be done by the
addition of deethanizer and debutanizer fractionating towers
to replace the stabilizer unit and separate LPG instead of pro-
ducing lighter hydrocarbon gases during stabilization. The
feed to these added towers are the NGL out of the turbo
expander and condensate from the desalter that feed the exist-
ing stabilizer unit.
A comparison of the Salam gas plant before and after mod-
ification is made using the simulation package of HYSYS-8.4.
The results indicate that the modified plant can produce
100 ton/day of LPG with a ROI of 1.248. This higher value
of ROI illustrates that the considered modification is valuable
and profitable to the existing Salam gas plant. The produced
LPG is very useful as a housing fuel for the habitants of
Matrouh Governorate. Furthermore, the modified plant has
other benefits compared to the original plant. These benefits
can be summarized as follows:
U LPG transportation cost can be reduced by using the pro-
duced LPG to feed near cities. This is good from the view
point of economics as well as eliminating the risk from road
transportation of bottled gas from Alexandria to Matrough
through trucks.
U There is a capacity saving of 56 tons/day in the export pipe-
line which transfers the gases to western desert gas complex
(WDGC) at Alexandria. Another capacity saving of
56 ton/day in the WDGC at Alexandria can be used toaccommodate another field production. Moreover, the
modified plant provides a capacity saving of 88 tons/day
in the dehydration unit.
U Reduction in the power consumption for the 1st stage
export, 1st and 2nd stage recycle, and turbo expander com-
pressors can be achieved.References
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